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Abstract 
In this study sorption-enhanced steam methane reforming (SE-SMR) in fixed beds is 
investigated by means of 1D numerical modelling, and the model is validated with the data reported 
in the literature. Isothermal conditions (973 K) are considered, and the equilibrium between the 
carbonation and calcination stages is shifted by a pressure swing: 3.5106 Pa and 1013 Pa, 
respectively. The results showed that under these operating conditions at least 8 reactors in parallel 
are required to continuously produce a high-purity stream of H2, and a separated stream of 
concentrated CO2. The average H2 purity is 0.92, whilst the average H2 yield and selectivity are 
2.9 molH2molCH4-1 and 90%, respectively. A thermodynamic analysis was performed, which 
highlighted that, by using a portion of the produced H2 (about 0.4 molH2molCH4-1), it is possible to 
fully cover heat and power demands of the process, making it completely energy self-sufficient. In 
the case when the proposed SE-SMR is integrated with a solid oxide fuel cell, net power generation 
at the scale of ~950 kWel can be achieved with a net efficiency of the entire system of 51%, with the 
important feature that CO2 is concentrated. 
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Nomenclature 
Aa Aspect ratio of the external surface area to the volume of the reactor wall, m
-1 
AEH Heat surface area required by CAS, m
2 
Ar Surface of reactor vessel, m
2 
Aw Aspect ratio of the internal surface area to the volume of the reactor wall, m
-1 
Ci Concentration of species i, molm-3 
cp Heat capacity, Jkg-1K-1 
Dax Axial dispersion coefficient, m2s-1 
d Diameter, m 
Ea,j Activation energy of reaction j, Jmol-1 
ED Electric power demand of vacuum pump, Wel 
Enet Net alternate current power production, Wel 
ESOFC SOFC alternate current power, Wel 
F Faraday constant, Asmol-1 
fu SOFC fuel utilisation 
G Mass flux of the gas phase, kgm-2s-1 
g Acceleration due to gravity, ms-2 
Hext External heating and power, JmolCH4-1  
hf Gas-solid heat transfer coefficient, Wm-2K-1 
hi Enthalpy of gas species i, Jmol-1 
hext External convective heat transfer coefficient, Wm-2K-1 
hm Gas-solid mass transfer coefficient, ms-1 
hw Internal convective heat transfer coefficient, Wm-2K-1 
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i Gas species (CH4, H2O, H2, CO, CO2) 
j Reaction (SMR, WGS, OSMR, CR, CAR) 
Ki Adsorption coefficient of species i 
Kj Equilibrium constant of reaction j 
kj Rate constant of reaction j 
L Reactor length, m 
LHV Lower Heating Value, Jmol-1 
M Molecular weight, kgmol-1 
ṁ Gas mass flow rate, kgs-1 
ms Mass of solid in the reactor, kg 
NMe Mears number, - 
NR Number of reactors, - 
ṅCH4,in Inlet CH4 molar flow rate, mols
-1 
ṅH2,SE−SMR H2 molar flow rate at the outlet of SE-SMR process, mols
-1 
ṅCH4,SE−SMR CH4 molar flow rate at the outlet of SE-SMR process, mols
-1 
P Pressure, Pa 
Pi Partial pressure of gas species i, bar 
P0 Standard pressure, Pa 
Pr Prandtl number, - 
Q Volumetric flow rate, m3s-1 
Q̇ Thermal power, Wth 
Q̇burner Thermal power generated by external burner, Wth 
Q̇f Thermal power required to warm up feed gas streams, Wth 
Q̇SE−SMR Thermal power required by SE-SMR process, Wth 
Q̇SOFC Thermal power generated by SOFC, Wth 
Q̇ref Thermal power required by SOFC internal reforming process, Wth 
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Ra Rayleigh number, - 
Re Reynolds number, - 
Rg Ideal gas constant, Jmol-1K-1 
Rj Reaction rate of reaction j, molkg-1s-1 
ri Rate of formation or consumption of species i, molm-3s-1 
Sc Schmidt number, - 
SH2 H2 selectivity, % 
ss Reactor wall thickness, m 
U External overall heat transfer coefficient from the wall to the ambient air, Wm-2K-1 
u Gas superficial velocity, ms-1 
T Temperature, K 
Tw Temperature of the reactor wall, K 
t Time, s 
tcalc Period of calcination stage, s 
tcarb Period of carbonation stage, s 
Xsorb Sorbent conversion degree, % 
Xmax Maximum sorbent conversion, % 
XCH4 Methane conversion, % 
Vr Reactor volume, m
3 
Vloss Fuel Cell voltage loss, V 
VSOFC SOFC voltage, V 
yi Molar fraction of gas species I, - 
z Axial spatial variable, m 
Greek letters 
a Thermal diffusivity at the film temperature, m2s-1 
b Thermal expansion coefficient, K
-1 
 6 
el,SOFC SOFC electrical efficiency, % 
inv Inverter efficiency, % 
ref Reforming process efficiency, % 
Gf0 Change in molar Gibbs free energy of formation, Jmol-1 
H0 Standard enthalpy of reaction, Jmol-1 
HRJ Enthalpy of reaction j, Jmol-1 
P Maximum pressure drop, Pa 
g Bed void fraction, - 
 Dimensionless axial spatial coordinate, - 
 H2 yield, molH2molCH4
-1 
equivalent H2-equivalent yield, molH2molCH4-1 
 Steam-to-methane feed ratio during carbonation stage, - 
 Partition ratio, - 
amb External air thermal conductivity, Wm-1K-1 
ax Axial heat dispersion coefficient, Wm-1K-1  
w Reactor wall thermal conductivity, Wm-1K-1  
g Gas viscosity, Pas 
v Kinematic viscosity at the film temperature, m2s-1 
 Density, kgm-3 
 Internal diffusion effectiveness factor, - 
car/calc Period of the carbonation/reforming and calcination cycle, s 
SE-SMR Total Period of the SE-SMR process, s 
 Portion of reactors operating in the considered stage 
 Heat transfer effectiveness factor, - 
 Steam-to-CO2 feed ratio during calcination stage, - 
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y Mass fraction of component y (sorbent or catalyst), - 
Subscripts 
amb Ambient 
cat Catalyst 
eq Equilibrium 
g Gas 
in Inlet 
obs Observed 
p Particle 
r Reactor 
s Solid  
sorb Sorbent 
out Outlet 
w Reactor wall 
Acronyms 
CALCR CALCination Reaction 
CAS CAlcination Stage 
CG-CO2 Carbon Gasification by CO2 
CG-S Carbon Gasification by Steam 
CLR Chemical Looping Reforming 
CR Carbonation Reaction 
CS Carbonation Stage 
D Depressurisation stage 
DR Dry Reforming 
MD Methane Decomposition 
OSMR Overall Steam Methane Reforming 
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PR PRessurisation stage 
PS Purge Stage 
SE-SMR Sorption-Enhanced Steam Methane Reforming 
SMR Steam Methane Reforming 
SOFC Solid Oxide Fuel Cell 
WGS Water Gas Shift 
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1. Introduction 
Currently, the interest in hydrogen production technologies is on the increase, since H2 is 
considered as an environmentally friendly alternative for various industrial processes. The current 
literature reports that H2 can be used as fuel for power generation [1], as chemical raw material for 
the synthesis of ammonia or the refining of crude oil [1], as well as for fuel cell applications [2]. 
However, H2 is just an energy carrier, a secondary form of energy that has to be produced [3], and 
methane was conventionally used as feedstock for this purpose due to both its abundance and high 
H:C ratio. 
Steam methane reforming (SMR) is a prevailing H2 production technology, accounting for 
over 40% of the world’s production [4]: CH4 and H2O are catalytically reformed in a multi-tubular 
reactor packed with a Ni-based catalyst and operated at 1073 K – 1223 K. The heat needed for the 
endothermic reforming reactions, which is usually supplied by an external furnace, and the required 
gas post-processing unit are the main drawbacks of this process. The effluent gas of SMR is syngas, 
a mixture of H2 and CO (~12%); therefore, a further post-processing unit, which consists of at least 
one water gas shift reactor to convert CO to CO2 and a CO2 separation unit, is required to obtain an 
enriched-H2 gas stream [5]. 
To overcome these issues, many alternatives have been proposed in the literature, among 
which chemical looping reforming (CLR) seems to be the most promising. CLR is a cyclic process 
in which a Ni-based solid material acting as both catalyst (usually) and oxygen carrier is alternatively 
oxidised by air (exothermic reaction) and reduced by methane (endothermic reaction). Generally, this 
process is carried out in a dual interconnected fluidised bed reactor operated under autothermal 
conditions. In this process, the catalyst is continuously circulated between an air reactor and a fuel 
reactor in such a way that the heat generated by the exothermic oxidation of the oxygen carrier in the 
air reactor is used to drive endothermic steam reforming reactions in the fuel reactor [6]. Recently, 
Diglio et al. [7] analysed the CLR process in a fixed bed reactor system, where the solid material is 
stationary and exposed to oxidising and reforming conditions by switching the feed gas stream. 
However, it should be noted that albeit CLR is autothermally operated, thus eliminating the need of 
an external heat source, the outlet gas stream is syngas and a gas post-processing unit is still needed. 
Recently, Spallina et al. [8] explored the possibility to address this drawback by developing a fixed 
bed CLR concept. The authors proposed employing three reactors in which the 
oxidation/reduction/reforming stages are sequentially carried out in order to obtain a syngas stream. 
A further water gas shift reactor converts CO content of this stream to CO2, which is adsorbed in a 
subsequent pressure swing adsorption stage, obtaining a H2-rich gas stream at the outlet of the system. 
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By using pressure swing adsorption, the use of one of the most expensive operations of H2 production 
processes, i.e., the CO2 separation unit, is avoided. 
To reduce the operational complexity and the cost of the gas post-processing unit, an 
interesting alternative for the production of a high-purity H2 stream is represented by sorption-
enhanced steam methane reforming (SE-SMR) [9]: in this process, the solid material is a hybrid 
mixture of reforming catalyst and CO2 solid adsorbent in order to carry out reforming and CO2 
adsorption simultaneously. The latter step is conducted via carbonation of CaO that is the most 
commonly used sorbent material. A high-purity H2 stream can be produced at operating temperature 
ranging between 723 K and 1023 K, thus eliminating the need of a gas post-processing unit [10]. 
Subsequently, the sorbent material is regenerated via the reverse of the carbonation reaction, i.e., the 
calcination reaction, producing a stream of concentrated CO2. While the H2 production and CO2 
adsorption step is autothermal, since the reforming process is driven by the exothermic carbonation 
reaction, the heat required by the endothermic calcination reaction represents one of the drawbacks 
of SE-SMR [11]. Another challenge for the process is the loss of sorbent reactivity over a series of 
carbonation/calcination cycles [12]. It is important to stress here that SE-SMR is a different process 
with respect to CLR above-presented, although with the same purpose, i.e., H2 production. In this 
paper, only SE-SMR is analysed and simulated. Many experimental and numerical attempts have 
been undertaken and presented in the literature in order to evaluate the feasibility of the SE-SMR 
process in a fluidised bed arrangement. Johnsen and co-workers investigated the performance of SE-
SMR in a dual fluidised bed reactor layout, both experimentally [13] and numerically [14], reporting 
important indications in terms of solid circulation rate, operation temperature and make-up of the 
fresh sorbent. Solsvik et al. [15] developed a 1D Euler two-fluid model for reactive gas-solid flows 
in bubbling fluidised bed reactors, evaluating the effect of the operating temperatures and pressures, 
the density and size of the solid material particles, and gas fluidisation velocity on the performance 
of SE-SMR. Esteban-Díez et al. [16] numerically and experimental studied sorption-enhanced steam 
reforming process in a fluidised bed reactor, but using bio-oil as fuel. The authors highlighted that a 
hydrogen purity around 99% can be obtained at operating temperature of 850 K and atmospheric 
pressure. 
Recently, fixed beds were proposed as a feasible alternative to fluidised beds since they can be 
more easily operated at high pressures, there is no need for the gas/solid separation step and 
operational problems caused by attrition and elutriation of the solid material are negligible [17,18]. 
Balasubramanian et al. [19] carried out an experimental study on the SE-SMR process using a 
laboratory-scale fixed bed reactor. The authors claimed that a gas high-purity H2 stream (yH2~95%) 
can be obtained and highlighted that the resulting purity is relatively independent of the operating 
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temperatures in the range 823 K – 1023 K. Fernandez et al. [20] investigated a simultaneous 
calcination-reduction process in a laboratory-scale fixed bed reactor, finding that the exothermic 
reduction of CuO directly supplies the heat required for sorbent regeneration. Li et al. [21] studied 
the SE-SMR process in a laboratory-scale experimental apparatus employing two parallel fixed beds 
placed inside a tubular electric furnace: while one reactor was operated at 900 K and used to carry 
out the carbonation/reforming reactions, the calcination reaction was run in the other one, which was 
operated at 1023 K; by switching the operating conditions at a fixed period, the authors reported that 
continuous production can be achieved, with a H2-purity of ~90%. Antzara et al. [22] experimentally 
demonstrated in a bench-scale fixed bed reactor the feasibility of a novel SE-SMR process in which 
a second chemical-loop of NiO-based oxygen carrier provides the heat required by the endothermic 
sorbent regeneration stage. Barelli et al. [23] evaluated the performance of a novel sorbent based on 
incorporation of CaO particles into calcium aluminates under a multi-cycle SE-SMR process in a 
fixed bed. The authors claimed that the novel sorbent showed higher H2 purity and CO2 adsorption 
than conventional materials. Fernandez et al. [24] numerically investigated the carbonation/reforming 
stage of SE-SMR in an autothermal fixed bed, obtaining at the outlet of the reactor a H2 molar fraction 
and methane conversion of 95% and 85%, respectively, under operating conditions of 923 K and 
3.5106 Pa. Moreover, Alcaron and Fernandez [25] carried out a sensitivity analysis on the main 
parameters affecting the performance of the calcination reaction operated simultaneously with CuO 
reduction in a fixed reactor. Li and Cai [26] developed a numerical model to investigate the effect of 
multiple carbonation/calcination steps on the gas composition at the outlet of a single fixed bed. 
Currently, fuel cells are under the spotlight as environmentally friendly power generation 
systems [2]. Among several fuel cell technologies, solid oxide fuel cells (SOFC) are the most used 
due to a wide range of operating temperatures (873 K – 1123 K) that not only allows the use of a 
variety of fuels, but also makes them suitable for integration with gas turbines [27]. So far, only small 
stationary SOFC units for combined heat and power generation applications have been deployed [28], 
but recently large pressurised SOFCs are being developed, since they are characterised by higher 
electrical net efficiencies and lower costs [29]. A promising application of SOFC using syngas as fuel 
was demonstrated by Barelli et al. [30], which experimentally studied an innovative cogeneration 
system based on a SOFC coupled with CO2 dry reforming. 
The above literature review shows that although SE-SMR in fixed beds has recently received 
great attention, this process still poses a number of unsolved challenges. In particular, to the best of 
the authors’ knowledge, no study presented in the open literature: 
 12 
I. assessed the operational strategy required by large-scale reactors to switch between the 
carbonation and calcination stages; 
II. evaluated the minimum number of reactors needed to obtain continuous H2 production 
when the SE-SMR process is operated in fixed beds; 
III. and, most importantly, proposed coupling SOFC with SE-SMR for power generation 
with near-zero-CO2 emissions. 
This paper aims to numerically address these points with a view to advancing the scale-up and 
commercialisation of the technology. Moreover, although recent theoretical and experimental work 
dealt with the SE-SMR process in a fixed bed, no paper carried out the process without supplying 
heat from an external source as in the case hereby presented. Indeed, this work explores the feasibility 
of the SE-SMR process in a network of fixed beds in order to provide parameters required for the 
design and development of the proposed system layout under energy self-sufficiency conditions. The 
performance of fuel cells as a potential alternative for the utilisation of produced H2 is also 
investigated. A full-scale integration of the SE-SMR process with SOFC is analysed. The produced 
H2 was split into two streams, one fed to an external burner to cover the heat demand of the system, 
the other one sent to the SOFC. This arrangement demonstrated high efficiency, not only for the 
SOFC, but also for the entire hybrid system. The net fuel cell power production with near-zero-CO2 
emission represents the output of the proposed layout. 
2. SE-SMR operation strategy and process integration 
2.1 SE-SMR operation strategy 
In this work, it is proposed to operate the SE-SMR process in a fixed bed network, where the 
solid material (Ni-catalyst/Ca-sorbent) is stationary and is exposed to cyclic carbonation/reforming 
and calcination conditions by a pressure swing at 973 K as shown in Figure 1. The fixed bed reactor 
is fed by a mixture of methane and steam during period tcarb (carbonation time) and operated at high 
pressure (3.5106 Pa) for the steam methane reforming and carbonation reactions to occur. High-
pressure operation is a common practice in large-scale applications to reduce reactor size and cost of 
H2 production [31]. Then, to shift the equilibrium towards calcination, the feed is changed to a mixture 
of steam and CO2, and the pressure is reduced to below 1013 Pa; thus, during the period tcalc 
(calcination time) the calcination reaction occurs. 
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Figure 1 - Carbonation and calcination operating conditions on the CO2 equilibrium partial pressure-temperature diagram [32]. 
 
The lower temperature required to regenerate the sorbent (see Figure 1) is one of the 
advantages of sub-atmospheric calcination, which  mitigates the sorbent sintering effect seen at high 
temperatures [33]. Moreover, there is considerable evidence in the literature that CaO obtained from 
calcination under vacuum has a higher reactivity, thus being less affected by sorbent reactivity decay 
during several carbonation/calcination cycles [34–36]. 
The feasibility of the calcination reaction under sub-atmospheric conditions in a fixed bed was 
first demonstrated by Sakadjian et al. [36] and then patented by Fan et al. [37]. The reactor should be 
cyclically operated following six stages: (1) carbonation stage (CS); (2) purge stage (PS) for H2 that 
is still present in the reactor; (3) depressurisation (D) to obtain vacuum condition in the bed; (4) 
calcination stage (CAS); (5) purge stage for steam and CO2 that are still present in the reactor; and 
(6) pressurisation (PR) to raise the pressure to the value at which CS is operated (3.5106 Pa). PS, D 
and PR do not change the concentrations of chemical species, since no reactions occur during these 
stages [38], nor the reactor temperature, due to isothermal operating conditions; therefore, these 
stages were not considered in the simulation of the entire cyclic process. However, they were taken 
into account in the evaluation of the number of reactors needed to obtain continuous H2 production, 
as well as in the energy balance. 
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2.2 Process integration 
By operating the SE-SMR process in a network of fixed beds under the above-described 
conditions, it is possible to continuously produce a stream of high-purity H2. An interesting alternative 
is to feed the produced H2 to a fuel cell, as suggested by the recent environmental programs of the 
European Commission [39]. Since the stream of H2 from the SE-SMR process is available at high 
temperature (973 K), an SOFC could represent the optimal choice. In particular, in the outlet gas 
stream of the SE-SMR process, some unreacted CH4 is still present and, thus an internal reformer 
SOFC is suitable for this application. Moreover, due to the high pressure at which H2 is produced, a 
higher electrical efficiency for the SOFC is expected, as reported by Massardo and Lubelli [40] and 
by Isfahani and Sedaghat [41], who report SOFC efficiencies of up to 70% for operating pressures 
up to 3106 Pa. A schematic layout of the whole system is presented in Figure 2. The SE-SMR process 
has a number of energy demands, namely power demand of the vacuum pump, heat requirement of 
the calcination, pressurisation, depressurisation and purge stages and heat required to warm up the 
gas feed streams for each stage. In order to make this process self-sufficient from an energetic point 
of view, part of the produced H2 (H2/CH4) is directly fed to an external burner, while the remaining 
part ((1-H2/CH4) is sent to the SOFC for power generation. Unreacted H2 from the fuel cell is also 
supplied to the burner. The partition ratio  is calculated from an energy balance, so that the heat 
available from the burner and from the SOFC meet both the heat required by the SE-SMR process 
and that needed for SOFC internal reforming. Part of the SOFC power production is used to cover 
vacuum pump power demand, which represents the most energy-intensive step [37]. The net power 
production is the by-product of the present process, which can be used to environmentally meet 
energy demands of households or commercial buildings. Figure 2 also shows one of the main 
advantages of the SE-SMR, namely the inherent capture of CO2. Indeed, during the CAS a stream of 
CO2 and H2O is detected at the outlet of the fixed beds (red line) working under this stage. While part 
of this stream is directly re-fed to the same reactors working under the CAS, after adjusting the steam-
to-CO2 feed ratio, the remaining part is sent to a condenser together with the CO2/H2O gas stream at 
the outlet of the burner, obtaining a pure CO2 stream. 
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Figure 2 - Schematic layout of the SE-SMR process integrated with a SOFC. 
 
3. Mathematical model  
3.1 Kinetic scheme 
The main chemical reactions involved in the SE-SMR are reported in Table 1. During the CS, 
the reactions involving CH4 promoted by the Ni catalyst include steam methane reforming (SMR), 
water gas shift (WGS), overall steam methane reforming (OSMR), dry reforming (DR), methane 
decomposition (MD) and carbon gasification by steam (CG-S) and by CO2 (CG-CO2) [42]. However, 
as reported by Fernandez et al. [24], under typical SE-SMR operating conditions (high temperature 
and pressure), the reaction rates of DR, MD, CG-S and CG-CO2 (Boudouard reaction) are relatively 
low, thus these reactions are neglected for the sake of simplicity. These latter assumptions, taking 
into account the operating temperature considered in this work (973 K), are furthermore supported 
by the experimental findings of Iliuta et al. [42], who reports that in this case no carbon deposition 
on the catalyst surface occurs. The CO2 adsorption by the sorbent is described by the carbonation 
reaction (CR), while regeneration of the sorbents occurs via the reverse reaction of CR, namely the 
calcination reaction (CALCR). It is noteworthy that in the operating conditions under study the 
equilibrium position of the reactions reported in Table 1 is shifted towards product formation, with 
the exception of WGS. The reaction mechanism proposed by Xu and Froment [43] was taken into 
account to describe SMR, WGS and OSMR, while those proposed by Rodriguez et al. [44] and 
Martinez et al. [45] were considered for the carbonation and calcination reactions, respectively. Table 
2 reports the analytical expression of reaction rates, while kinetic data and equilibrium constant are 
shown in Table 3. CO2 partial pressure was expressed according to Baker [32]. For the sake of 
 16 
simplicity, the sorbent conversion degree was referred only to the carbonation reaction, thus it ranges 
between 0, when only calcium oxide is present, and Xmax. 
 
Table 1 - Kinetic scheme and relative heat (standard) of reactions. 
 Reaction H0, kJmol-1 
SMR 
𝐶𝐻4 + 𝐻2𝑂
𝑁𝑖
→ 𝐶𝑂 + 3𝐻2 
206.2 
WGS 
𝐶𝑂 + 𝐻2𝑂
𝑁𝑖
↔ 𝐶𝑂2 + 𝐻2 
-41.5 
OSMR 
𝐶𝐻4 + 2𝐻2𝑂
𝑁𝑖
→ 𝐶𝑂2 + 4𝐻2 
164.9 
CR 𝐶𝑎𝑂 + 𝐶𝑂2 → 𝐶𝑎𝐶𝑂3 -178.8 
 
 
 
 
 
 
 
 
 
Table 2 - Reaction rates. 
Reaction Reaction rate expression 
SMR 
𝑅𝑆𝑀𝑅 =
𝑘𝑆𝑀𝑅
𝑃𝐻2
2.5 (𝑃𝐶𝐻4 𝑃𝐻2𝑂 −
𝑃𝐻2
3 𝑃𝐶𝑂
𝐾𝑆𝑀𝑅
) (
1
𝐷𝐸𝑁2
) 
WGS 
𝑅𝑊𝐺𝑆 =
𝑘𝑊𝐺𝑆
𝑃𝐻2
(𝑃𝐶𝑂𝑃𝐻2𝑂 −
𝑃𝐻2 𝑃𝐶𝑂2
𝐾𝑊𝐺𝑆
) (
1
𝐷𝐸𝑁2
) 
OSMR 
𝑅𝑂𝑆𝑀𝑅 =
𝑘𝑂𝑆𝑀𝑅
𝑃𝐻2
3.5 (𝑃𝐶𝐻4𝑃𝐻2𝑂
2 −
𝑃𝐻2
4 𝑃𝐶𝑂2
𝐾𝑂𝑆𝑀𝑅
) (
1
𝐷𝐸𝑁2
) 
CR 
𝑅𝐶𝑅 =
1
𝑀𝐶𝑎𝑂
𝑘𝐶𝑅 ∙ (𝑋𝑚𝑎𝑥 − 𝑋𝑠𝑜𝑟𝑏) ∙ (𝜐𝐶𝑂2 − 𝜐𝐶𝑂2 ,𝑒𝑞) 
CALCR 
𝑅𝐶𝐴𝐿𝐶𝑅 =
1
𝑀𝐶𝑎𝐶𝑂3
𝑘𝐶𝐴𝐿𝐶𝑅 ∙ (
𝑋𝑠𝑜𝑟𝑏
𝑋𝑚𝑎𝑥
)
2/3
∙ (𝐶𝐶𝑂2 ,𝑒𝑞 − 𝐶𝐶𝑂2 ) 
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Table 3 - Kinetic parameters and equilibrium constants. 
Expression Unit 
𝐷𝐸𝑁 = 1 + 𝐾𝐶𝑂𝑃𝐶𝑂 + 𝐾𝐻2 𝑃𝐻2 + 𝐾𝐶𝐻4 𝑃𝐶𝐻4 + 𝐾𝐻2𝑂
𝑃𝐻2𝑂
𝑃𝐻2
 
 
- 
𝐾𝑆𝑀𝑅 = 𝑒𝑥𝑝 (
−26830
𝑇
+ 30.114) 
 
bar2 
𝐾𝑊𝐺𝑆 = 𝑒𝑥𝑝 (
4400
𝑇
− 4.036) 
- 
𝐾𝑂𝑆𝑀𝑅 = 𝐾𝑆𝑀𝑅 ∙ 𝐾𝑊𝐺𝑆  
 
bar2 
𝑘𝑆𝑀𝑅 = (1.17 ∙ 10
15)𝑒𝑥𝑝 (
−240100
𝑅𝑔𝑇
) 
 
molbar0.5kg-1s-1 
𝑘𝑊𝐺𝑆 = (5.43 ∙ 10
5)𝑒𝑥𝑝 (
−67130
𝑅𝑔𝑇
) 
 
molbar-1kg-1s-1 
𝑘𝑂𝑆𝑀𝑅 = (2.83 ∙ 10
14)𝑒𝑥𝑝 (
−243900
𝑅𝑔𝑇
) 
molbar0.5kg-1s-1 
𝐾𝐶𝐻4 = 0.179𝑒𝑥𝑝 [
38280
𝑅𝑔
(
1
𝑇
−
1
823
)] 
 
bar-1 
𝐾𝐻2𝑂 = 0.4152𝑒𝑥𝑝 [
−88680
𝑅𝑔
(
1
𝑇
−
1
823
)] 
 
- 
𝐾𝐻2 = 0.0296𝑒𝑥𝑝 [
82900
𝑅𝑔
(
1
𝑇
−
1
648
)] 
 
bar-1 
𝐾𝐶𝑂 = 40.916𝑒𝑥𝑝 [
70650
𝑅𝑔
(
1
𝑇
−
1
648
)] 
 
bar-1 
𝑘𝐶𝑅 = 0.35 
 
s-1 
𝑘𝐶𝐴𝐿𝐶𝑅 = 252.015𝑒𝑥𝑝 (
−91700
𝑅𝑔𝑇
) 
m3mol-1s-1 
 
The rate of formation or consumption of i-species, ri, is determined by summing the reaction 
rates of that species in all the reactions Rj (see Table 1): 
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𝑟𝐶𝐻4 = (−𝑅𝑆𝑀𝑅 − 𝑅𝑂𝑆𝑀𝑅)𝜌𝑐𝑎𝑡
𝑟𝐻2𝑂 = (−𝑅𝑆𝑀𝑅 − 2𝑅𝑂𝑆𝑀𝑅 − 𝑅𝑊𝐺𝑆)𝜌𝑐𝑎𝑡
𝑟𝐻2 = (3𝑅𝑆𝑀𝑅 + 4𝑅𝑂𝑆𝑀𝑅 + 𝑅𝑊𝐺𝑆)𝜌𝑐𝑎𝑡
𝑟𝐶𝑂2 = (𝑅𝑂𝑆𝑀𝑅 + 𝑅𝑊𝐺𝑆)𝜌𝑐𝑎𝑡 − 𝑅𝐶𝑅𝜌𝑠𝑜𝑟𝑏 + 𝑅𝐶𝐴𝐿𝐶𝑅 𝜌𝑠𝑜𝑟𝑏
𝑟𝐶𝑂 = (𝑅𝑆𝑀𝑅 − 𝑅𝑊𝐺𝑆)𝜌𝑐𝑎𝑡
     (1) 
 
In Eq. (1), cat and sorb represent the density of catalyst and sorbent, respectively; these 
parameters were evaluated according to: 
 
𝜌𝑦 =
𝑚𝑠𝜔𝑦
(1−𝜀𝑔)𝑉𝑟
           (2) 
 
where y=sorb, cat. To carry out the simulation, a high-purity limestone (>98% calcium carbonate) 
[44] was considered as sorbent, while a conventional Ni (9%)/-Al2O3 was considered as reforming 
catalyst [46]. 
3.2 Governing equations 
To describe axial concentration profiles in the fixed bed reactor, a numerical 1D model was 
used. No radial concentration gradient is considered, according to [47], since dr/dp>15 [48]. Following 
the analysis proposed by Fernandez et al. [24], the influence of interphase concentration gradients 
was evaluated by means of the gas-solid mass transfer coefficient, hm, calculated according to [49]: 
 
ℎ𝑚 = 0.357𝑅𝑒
−0.359𝑆𝑐−2/3 (
𝐺𝐶𝑆
𝜌𝑔𝜀𝑔
)        (3) 
 
Considering the parameters used in this work, a value of hm of about 0.1 ms-1 was estimated: 
thus, rapid gas-solid mass transfer can be assumed and the interphase concentration gradients can be 
safely neglected [50]. To take into account that the internal diffusion could be limiting for the overall 
reaction scheme, an effectiveness factor, , was considered for all reactions involved in the process: 
with the exception of the calcination reaction, the value of this latter assumed equal to 0.3, as 
suggested by Solsvik and Jakobsen [51] for the SE-SMR process when large pellets (up to 7 mm) are 
used. As reported by Fernandez et al. [20], the temperature is the main limiting parameter of the 
CALCR, thus possible intra-particle gradient concentration effects are negligible (). In the model, 
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it is assumed that the reactor works under isothermal conditions. To validate this assumption, the 
absence of both radial and axial temperature gradient, as well as the lack of intra-particle temperature 
gradient were verified. Mears criterion [52] was used to assess the effect of the interphase temperature 
gradient: 
 
𝑁𝑀𝑒 =
|∆𝐻𝑅𝑗|∙𝑅𝑜𝑏𝑠,𝑗∙(𝑑𝑝 2⁄ )∙𝐸𝑎,𝑗
ℎ𝑓∙𝑅𝑔∙𝑇
2          (4) 
 
The above Mears number was evaluated with respect to both carbonation/reforming and 
calcination reactions. The gas-solid heat transfer coefficient was calculated according to [53]. For all 
inspected cases, a NMe < 10
-3 was estimated, thus radial temperature gradient can be neglected. Axial 
temperature gradient can be neglected too, as reported by [54], since the reactor length-to-diameter 
ratio is small (< 25) for the case under examination. The absence of intra-particle temperature gradient 
was verified by evaluating the temperature difference between the centre and the external surface of 
solid particle according to [55] and, at worst, it was less than ~ 0.05 K. As a consequence of the 
above, isothermal conditions can be safely assumed. The other assumptions of the developed models 
are: (a) ideal gas behaviour, (b) uniform particle size for solid material, (c) perfect mixing of the 
catalyst and sorbent and (d) negligible catalyst deactivation since CaO formed by calcination operated 
under vacuum condition is highly reactive, as stated above; moreover, after a slight decrease after the 
first carbonation/calcination cycle, the CO2 adsorption capacity of sorbent is almost constant over 
around 50 subsequent cycles, as reported by [56]. 
The model equations for both carbonation/reforming and calcination stages are reported in 
Table 4, with the corresponding boundary conditions. 
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Table 4 - Carbonation/reforming and calcination stage mathematical model with corresponding boundary conditions. 
Mass balance in the gas phase 
𝜀𝑔
𝜕𝐶𝑖
𝜕𝑡
+
𝜕(𝑢𝐶𝑖)
𝜕𝑧
= 𝜀𝑔
𝜕
𝜕𝑧
(𝐷𝑎𝑥
𝜕𝐶𝑖
𝜕𝑧
) + 𝜎(1 − 𝜀𝑔)𝑟𝑖 
Mass balance in the solid phase for carbonation/reforming stage 
𝑑𝑋𝑠𝑜𝑟𝑏
𝑑𝑡
= 𝜎𝑅𝐶𝑅𝑀𝐶𝑎𝑂 
Mass balance in the solid phase for calcination stage 
𝑑𝑋𝑠𝑜𝑟𝑏
𝑑𝑡
= −𝜎𝑅𝐶𝐴𝐿𝐶𝑅 𝑀𝐶𝑎𝐶𝑂3  
Momentum equation 
𝑑𝑃
𝑑𝑧
=
150𝜇𝑔(1 − 𝜀𝑔)
2
𝑑𝑝
2𝜀𝑔3
𝑢 +
1.75(1 − 𝜀𝑔)
𝑑𝑝𝜀𝑔3
𝑀𝑔𝑃
𝑅𝑔𝑇
𝑢2 
Boundary conditions 
𝜕𝐶𝑖(0, 𝑡)
𝜕𝑧
=
𝑢
𝜀𝑔𝐷𝑎𝑥
(𝐶𝑖(0, 𝑡) − 𝐶𝑖,𝑖𝑛),    
𝜕𝐶𝑖(𝐿, 𝑡)
𝜕𝑧
= 0,    𝑃(0, 𝑡) = 𝑃𝑖𝑛 
 
CH4, H2O, H2, CO2 and CO are involved in the mass balance in the gas phase reported in 
Table 4 during the CS, while only CO2 and H2O were taken into account during the CAS, considering 
that for steam no reactions occur over this step. 
The mathematical model reported in Table 4 requires proper initial conditions. In particular, 
at the beginning of each CS in the cyclic sequence, as well as of each CAS, the spatial profiles of 
pressure and of all chemical species involved (Xsorb, CH4, H2O, H2, CO2, CO) need to be specified. 
SE-SMR in fixed beds is a periodically forced system with a period defined as car/calc=tcarb+tcalc. The 
cyclic nature of SE-SMR is mathematically expressed by assuming as initial conditions of each step 
(CS and/or CAS) the last evaluated from the previous one. Assuming that the process starts with the 
carbonation stage, the first-run-only initial conditions for the CS of the very first cycle can be 
expressed as: 
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𝐶𝐶𝐻4 (𝑧, 0) = 𝐶𝐻2𝑂(𝑧, 0) = 𝐶𝐻2(𝑧, 0) = 𝐶𝐶𝑂2 (𝑧, 0) = 𝐶𝐶𝑂(𝑧, 0) = 0
𝑃(𝑧, 0) = 𝑃𝐶𝑆
𝑋𝑠𝑜𝑟𝑏(𝑧, 0) = 0
   (5) 
 
while for all the subsequent CASs the initial conditions for solid conversion degree is assumed equal 
to the spatial profiles registered at the end of the previous CS, that is: 
 
𝑋𝑠𝑜𝑟𝑏(𝑧, 𝑡𝑐𝑎𝑟𝑏 + (𝑘 − 1)𝜏𝑐𝑎𝑟/𝑐𝑎𝑙𝑐)        (6) 
 
where k=1,2,…,n represents the cycle number and tcarb+(k-1)car/calc the last time instant of the 
previous CS. Since after each CS there is a purge stage, CO2 and H2O spatial profiles are set equal to 
zero at the beginning of each CAS. After the first CS, at the beginning of the subsequent carbonation 
stage Xsorb is assumed to be equal to the spatial profiles registered at the end of the previous CAS, 
that is: 
 
𝑋𝑠𝑜𝑟𝑏(𝑧, (𝑘 − 1)𝜏𝑐𝑎𝑟/𝑐𝑎𝑙𝑐)         (7) 
 
where k=2,3,…,n represents the cycle number, while, since after each CAS there is a purge stage, 
CH4, H2O, H2, CO and CO2 spatial profiles are set equal to zero at the beginning of each CS. At the 
beginning of each carbonation and calcination stage, the pressure was set equal to PCS and PCAS, 
respectively. 
For the evaluation of temperature, pressure and composition dependencies of reaction 
enthalpies, transport coefficient and gas properties, state-of-the-art correlations and assumptions were 
adopted from Han et al. [57] and references therein. Operating conditions, reactor and catalyst data 
used in the simulations are reported in Table 5, while detailed boundary conditions used in the 
simulations are reported in Table 6. Reactor parameters (L, dr and g), as well as GCS and  were taken 
from [24]. Under the operating conditions of the calcination stage, the value of gas inlet mass flux 
chosen, GCAS, allows reaching a superficial velocity of about 0.5 ms-1, which is close to the normal 
range of operation in industrial SMRs [58]. Furthermore, particle diameter, dp, was selected from 
[43], maximum sorbent conversion, Xmax, was taken from [44], while sorb and carb were taken from 
[59], which proved that in typical SE-SMR operations about a 30% weight of Ni-based catalyst is 
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sufficient. The mass of the solid in the reactor, ms, was extrapolated from the data reported by [24], 
while the value of the steam-to-CO2 feed ratio during calcination stage, , was chosen in accordance 
to Kavosh et al. [60], who reported that CaO produced with higher steam concentration (yH2O ~ 78%) 
during CAS is characterised by higher CO2 adsorption capacities. 
The numerical model was solved using the commercial software package Comsol 
Multiphysics®. Reactor length, L, was discretised with 500 nodes and it was carefully checked that 
further refinements of the spatial discretisation did not produce any appreciable changes in the 
computed temperature and concentration profiles. 
 
Table 5 - Parameters used in the simulations. 
Parameter Value 
Temperature, T 973 K 
Carbonation pressure, PCS 3.5106 Pa 
Calcination pressure, PCAS 1013 Pa 
Reactor length, L 7 m 
Reactor diameter, dr 0.3 m 
Particle diameter, dp 0.01 m 
Mass of solid in the reactor, ms 415 kg 
Bed void fraction, g 0.5 
Mass fraction of sorbent, sorb 0.33 
Mass fraction of catalyst, cat 0.67 
Steam-to-methane feed ratio during carbonation stage 5 
Steam-to-CO2 feed ratio during calcination stage,  3 
Mass flux of the gas phase in the carbonator, GCS 3.5 kgm-2s-1 
Mass flux of the gas phase in the calciner, GCAS 0.035 kgm-2s-1 
Maximum sorbent conversion, Xmax 0.4 
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Table 6 - Boundary conditions used in the simulations. 
Carbonation stage Calcination stage 
T 973 K T 973 K 
P 3.5106 Pa P 1013 Pa 
CCH4,in 72 mol·m
-3 CCO2,in 0.03 mol·m
-3 
CH2O,in 360 mol·m
-3 CH2O,in 0.1 mol·m
-3 
4. Results and discussion  
The model presented above was first validated with literature data (Section 4.1), then 
numerical integration results for the first carbonation/reforming and calcination stages (Section 4.2) 
were reported. Subsequently, results for the cyclic process after several alternating 
carbonation/reforming and calcination cycles were presented and discussed (Section 4.3). Starting 
from these results, a possible approach to the operation of several reactors in parallel to obtain 
continuous H2 production was assessed (Section 4.4), and an energetic analysis of the fixed bed 
reactor network was performed (Section 4.5). Finally, an analysis of the performance of a SOFC 
directly fuelled with the produced H2 was carried out (Section 4.6). 
4.1 Model validation 
To validate the mathematical model, the literature data reported by Fernandez et al. [24] were 
considered. Importantly, since the chosen literature model has been developed for the 
carbonation/reforming stage operated in an autothermal fixed bed reactor, the model parameters were 
tailored and the energy balance was introduced to validate the model with the system described by 
Fernandez et al. [24]. In particular, the latter was introduced using the same approach proposed by 
the authors in their work [24]: 
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[(1 − 𝜀𝑔)𝜌𝑠𝑐𝑝𝑠 + 𝜀𝑔𝜌𝑔𝑐𝑝𝑔]
𝜕𝑇
𝜕𝑡
+
𝜕(𝑢𝜌𝑔𝑐𝑝𝑔𝑇)
𝜕𝑧
= 𝜀𝑔
𝜕
𝜕𝑧
(𝜆𝑎𝑥
𝜕𝑇
𝜕𝑧
) + (1 − 𝜀𝑔)𝜎 [𝜌𝑐𝑎𝑡 ∑ 𝑅𝑗 (−∆𝐻𝑅𝑗)𝑗 +
𝜌𝑠𝑜𝑟𝑏𝑅𝐶𝑅∆𝐻𝑅𝐶𝑅 ]           (8) 
 
where j=SMR, WGS and OSMR, s is the density of the solid material (cat+sorb), while the axial 
heat dispersion coefficient was evaluated according to [57], as well as temperature dependencies of 
reaction enthalpies. It is important to underline that the energy balance reported in Eq. (8) was used 
only to validate the mathematical model and was not taken into account in the process developed in 
this study. Figure 3 reports the molar fractions of gas products at the exit of the reactors as literature 
data (dots) and as predicted by the model (lines). The pre-breakthrough stage occurs until t ~ 800 s: 
OSMR and CR take place and the outlet gaseous composition is close to the equilibrium values. The 
breakthrough stage starts at t > 800 s, when yCO2 begins to increases since sorbent is approaching its 
saturation. This stage lasts until t < 1500 s, when the sorbent is fully saturated and only SMR and 
WGS occur.  Of note, the model is able to describe both qualitatively and quantitatively the time trend 
of the literature data. 
 
 
Figure 3 - Literature (dots, [24]) and simulated (lines) outlet gas molar fractions as function of time. 
 
4.2 First carbonation/reforming and calcination stages 
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Figure 4 presents gas molar fractions on a dry basis at the reactor exit (a) as function of time 
and spatial sorbent conversion degree profiles for four time points (b) during the first carbonation 
stage. Having analysed the results presented in Figure 4 (a), three distinct stages can be individuated: 
(1) pre-breakthrough (t < 500 s), breakthrough (500 s < t < 1500 s) and post-breakthrough (t > 
1500 s). During the first stage, a high-purity-H2 gas stream is obtained (~ 95%), due to the presence 
of some unreacted methane as a result of the higher value of PCS [31], while CO2 and CO 
concentrations are practically zero. The former is completely adsorbed by the sorbent, while the latter 
is fully converted in the WGS reaction. In the second stage, yH2 dramatically decreases, reaching the 
value of 0.55 at the end of the breakthrough period, due to the decrease of sorbent adsorption capacity, 
as shown in Figure 4 (b) (see lines at t = 500 s and at t = 1000 s). Concurrently, yCH4 and yCO2 rise to 
0.20 and 0.12, respectively, and also an increase in the CO molar fraction can be observed. This aligns 
with the observations reported by Li and Cai [26], who have shown that the decrease of carbonation 
reaction rate also reduces the SMR, WGS and OSMR extents. During the post-breakthrough period, 
the sorbent is fully saturated, as shown in Figure 4 (b)  (at t = 1500, the entire sorbent along the bed 
reached its maximum conversion, Xmax), thus only reforming and WGS reactions occur, and gas 
concentrations approached their equilibrium values. 
The choice of carbonation time, tcarb, is very important. On the one hand, it is necessary to 
ensure the production of a high-purity-H2 gas stream, while on the other hand, high sorbent 
conversion should be obtained; a good compromise is to choose a time point within the breakthrough 
period. As a consequence of the above, a value of 1000 s was selected: at this time, the H2 content of 
outlet gas stream is still high (~ 75%), as shown in Figure 4 (a), and almost the entire sorbent in the 
bed has approached its maximum conversion degree, as highlighted in Figure 4 (b). 
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Figure 4 - Outlet gas molar fractions on dry basis (a) as function of the time and (b) sorbent conversion degree at different times 
during the first carbonation stage. 
 
Starting from the solid conversion degree profiles at t = 1000 s shown in Figure 4 (b), the feed 
stream is switched and the pressure was reduced at PCAS to carry out the calcination stage. In order to 
choose the period for the CAS, Figure 5 reports the CO2 breakthrough curve (a) and spatial solid 
conversion degree profiles for five time points (b) during the first calcination stage. It is clear that it 
is necessary to carry out the CAS until the inlet CO2 concentration is detected at the exit of the reactor: 
this means that the calcination stage should end at 6000 s, as shown in Figure 5 (a), i.e., tcacl = 5000 s; 
after this period of time the entire sorbent is regenerated (see Figure 5 (b), Xsorb is 0 everywhere). 
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Figure 5 - Outlet CO2 molar fractions (a) as function of the time and (b) sorbent conversion degree at different times during the first 
calcination stage. The time horizon starts at the end of the previous CS (1000 s). 
 
In short, it can be concluded that 6000 s is required to complete the first carbonation/reforming 
and calcination sequence. In these first two steps, the sorbent is first almost entirely saturated over 
the CS, with consequent production of a high-purity-H2 gas stream (yH2 ranging from 0.95 at the 
beginning of CS to 0.75 at the end of the step), and then fully regenerated during the CAS. 
4.3 Cyclic carbonation/reforming and calcination sequence 
In this section, starting from the previously discussed CS and CAS, cyclic operation consisting 
of a sequence of carbonation/reforming and calcination stages is considered. Simulations are 
extended for more than 20 cycles in order to reach regime conditions in cyclic operations, which were 
met after 4-5 cycles (i.e., the difference between all the state variables at each spatial node at two 
successive cycles was below 10-6). Figure 6 reports outlet molar fractions of the gaseous species 
during the first 5 steps of cyclic operation of SE-SMR. The process starts with a CS (yellow zones), 
when a mixture of CH4 and H2O is fed to the reactor. Concentrations at the outlet of the bed over CS 
are characterised by the same trend described in Section 4.2. At t=tcarb, a mixture of steam and CO2 
is fed to the reactor and a CAS (blue zones) takes place, up to the point when inlet CO2 concentration 
is detected at the outlet of the reactor, thus the subsequent CS starts. As a consequence, the feed is 
further switched to a mixture of CH4/H2O and, as shown in Figure 6, yCO2 drops to zero. Again, after 
tcarb seconds, a second CAS starts, and so on. 
It is important to underline here that the main drawback of this process is the high-temperature 
valve system required to switch the feed stream, which represents the most challenging and expensive 
component [61]. 
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Figure 6 - Outlet gas molar fractions during multiple carbonation/reforming (in yellow)/calcination (in blue) cycles as function of 
the time. 
 
4.4 Fixed bed reactor network 
As highlighted in Section 4.3, a high-purity-H2 gas stream is produced only on CS, thus more 
than one reactor must be operated in a parallel configuration for continuous production of H2. To 
assess the minimum number of reactors needed, the whole cycle time has to be specified: as stated in 
Section 2, in addition to carbonation and calcination stages, also PPs, PR and D should be considered. 
It was assumed that both PP and PR were operated by feeding a N2 gas stream to the reactor, 
considering the same gas volumetric flow rate adopted during the carbonation stage. The periods of 
the purge (tPS) and of the pressurisation (tPR) stage were empirically evaluated: as suggested by 
Spallina et al. [62] tPS should be equal to 5% of the total period of the SE-SMR process (SE-SMR); 
while considering the ratio between PCS and PCAS used in this work tPR can be equal to 10% of SE-
SMR, as stated by [38]. To estimate the period of the depressurisation stage, tD, the relation reported 
by Chaudhari and Desai was used [63]: 
 
𝑡𝐷 =
𝑉𝑟
𝑄𝐷
𝑙𝑛 (
𝑃𝐶𝑆
𝑃𝐶𝐴𝑆
)          (9) 
 29 
 
where QD represents the vacuum pumping volumetric flow during the depressurisation stage, which 
value was estimated equal to 0.01 m3s-1 (from the manufacturer’s datasheets), selecting a proper 
device capable of achieving vacuum levels required [64]. 
From the above analysis, the following periods were obtained: tPS=400 s, tPR=800 s, tD=400 s 
and SE-SMR =tcarb+tPS+tD+tcalc+tPS+tPR =8000 s.  
The required number of reactors (NR) needed to have a continuous H2 production is evaluated 
according to an empirical approach proposed by Spallina et al. [62], by ensuring that the maximum 
pressure drop (P) in both the CS and CAS does not exceed the inlet pressure value by 15%, since a 
high P has the detrimental effect of increasing the capital and operating costs. The flow diagram for 
the general procedure adopted is reported in Figure 7: 
 input data are the bed and solid material properties, the operating conditions (Table 5) and 
both the time period of the whole process (SE-SMR) and of each stage (carb, PS, D, calc, PR). 
 First, it is necessary to assess the minimum number of reactors required to ensure that at least 
one reactor always works in the H2 production stage, i.e. in the carbonation stage; this 
number (NR,min) is calculated by rounding the ratio between SE-SMR and carb to the nearest 
integer greater than or equal to it.    
 Starting from the calculated value of NR,min, the pressure drop (P) in both the CS and CAS 
is evaluated via the Ergun equation [65]: 
 
∆𝑃
𝐿
= 150
𝜇𝑔
𝑑𝑝
2
(1−𝜀𝑔)
2
𝜀𝑔
3 𝑢 + 1.75
𝜌𝑔
𝑑𝑝
(1−𝜀𝑔)
𝜀𝑔
3 𝑢
2       (10) 
 
where the gas superficial velocity u is estimated as [61]: 
 
𝑢 =
?̇?
𝜌𝑔𝜙𝑁𝑅(𝜋𝑑𝑟
2 4⁄ )
           (11) 
 
and the average number of reactors working in the considered stage, is assessed according 
to the current number of reactors by inspecting the time sequence of the operations of the 
reactor network; 
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 The pressure conditions are checked: if P in the CS or CAS is lower than 15% of the 
corresponding inlet pressure value, the procedure is stopped and NR is set to the value 
previously assessed; otherwise, the number of reactor is increased by one unit and pressure 
drop is re-calculated; the procedure is repeated until the pressure criterion is met.  
 
 
Figure 7 - Simplified flow diagram of general procedure to evaluate the number of reactors. 
 
Following the above method, in the case under evaluation the minimum number of reactors 
required to guarantee that at least one reactor is always in the CS is SE-SMR/tcarb = 8000/1000 = 8. In 
this case in the carbonation and calcination stage is 1/NR=0.12 and 5/NR=0.62, respectively (see 
Figure 7). According to Eq. (10), P is 2% and 4% of the inlet pressure value in the CS and CAS, 
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respectively. Since the selected NR matches the condition proposed by Spallina et al. [61], eight 
reactors in parallel were chosen to carry out the proposed process. 
In Figure 8 the time sequence of the operations of the reactor network is reported: for each 
reactor, the yellow zone represents the carbonation stage, the orange zone the purge stage, the green 
zone the depressurisation stage, the blue zone the calcination stage and the purple zone the 
pressurisation stage. At the beginning of the operations, all the sorbent contained in the 8 reactors is 
characterised by maximum CO2 adsorption capacity; at t=0, the mixture of CH4 and H2O is fed only 
to reactor 1, which is in CS and will be in this stage until t=tcarb; at this point, the feed of reactor 1 is 
switched to N2 for the subsequent purge stage, while the mixture of methane and steam feed is started 
to reactor 2, that will be in CS from this time up to t=2tcarb. According to this approach, after every 
tcarb a mixture of CH4/H2O is fed to a new reactor j (j=1,…,NR), which will be the only one working 
in CS, while the NR-j reactors above j follow the above-discussed step sequence CS-PS-D-CAS-PS-
PR. When j=NR=8 also the last reactor is started to CS, and will be in this stage up to t= tSE-SMR; at 
this time reactor 1 is ready to restart a new carbonation/reforming cycle, and from this time on, the 
above-described sequence of operations will be reiterated with a time period of SE-SMR. 
 
 
 
Figure 8 - Time sequence of the operation of the reactor network (carbonation (CAR) in yellow, purge (P) in orange, 
depressurisation (D) in green, calcination (CAL) in blue and pressurisation (PR) in purple). 
 
Figure 9 shows gas molar fractions at the outlet of the reactor network as a function of the 
time: as above-assessed, this stream is composed of the gas stream leaving the reactor m (m=1,…,NR) 
currently working in CS, with m=m+1 each tcarb. It is noteworthy that by employing 8 fixed beds in 
parallel, a continuous H2 stream with an average value of yH2 = 0.92 can be obtained. 
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Figure 9 - Gas molar fractions at the outlet of reactor network as a function of the time. 
 
In order to evaluate the performance of the proposed reactor network, Figure 10 reports 
methane conversion, XCH4, (a), H2 yield, H2, (b) and selectivity, SH2, (c) as functions of time. Methane 
conversion is close to 80%. As the CS of the reactor currently working in the carbonation stage 
approaches its end, XCH4 decreases to about 55%, as is apparent in Figure 10 (a). H2 yield (Figure 10 
(b)) and selectivity (Figure 10 (c)) are significantly higher than corresponding values found in the 
literature in alternative H2 production applications. The former ranges between about 2 and 
3 molH2molCH4-1, more than four times the value of about 0.5 molH2molCH4-1 assessed by Diglio et 
al. [7]. The latter ranges between about 80% and 94%, while Halabi et al. [66] calculated a value of 
about 73%. The applications presented by Diglio et al. [7] and Halabi et al. [66] are characterised by 
poorer H2 yield and selectivity because their outlet gas stream is syngas. In this case, a further gas 
post-processing unit is required to obtain H2 and SH2 closer to those reached in the SE-SMR process 
proposed in this paper, with increased costs and system complexity. 
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Figure 10 - Methane conversion (a), H2 yield (b) and selectivity (c) at the outlet of reactor network as function of time. 
 
4.5 Thermodynamic performance analysis 
In order to carry out the proposed process, not only is external heating to operate each stage 
under isothermal conditions and to heat up the feed gas streams to the reactor temperature required, 
but also an external electric power generation device to meet vacuum pump power demand is needed. 
As originally proposed by Ryden and Lyngfelt [67], part of the H2 produced by the reforming process 
could be used as fuel for this purpose, avoiding the CO2 emissions due to the burning of conventional 
fossil fuel. 
In this case, further useful indices to evaluate the performance of the SE-SMR process are the 
H2-equivalent yield, H2,equivalent, which represents the amount of H2 remaining per mole of methane 
supplied if all external heat and power demands were met by using the produced H2, and reformer 
efficiency, ref [14,67]: 
 
𝜂𝐻2,𝑒𝑞𝑢𝑖𝑣𝑎𝑙𝑒𝑛𝑡 = 𝜂𝐻2 −
𝐻𝑒𝑥𝑡
𝐿𝐻𝑉𝐻2
         (12) 

𝛾𝑟𝑒𝑓 = 𝜂𝐻2,𝑒𝑞𝑢𝑖𝑣𝑎𝑙𝑒𝑛𝑡
𝐿𝐻𝑉𝐻2
𝐿𝐻𝑉𝐶𝐻4
         (13) 

LHVH2 and LHVCH4 are 241.8103 Jmol-1 and 802.3103 Jmol-1, respectively [68], while Hext 
is the external heat and power demand of the process per mole of CH4 fed, and it was evaluated 
according to: 
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𝐻𝑒𝑥𝑡 =
?̇?𝐶𝐴𝑆+2?̇?𝑃𝑆+?̇?𝑃𝑅+?̇?𝐷+?̇?𝑓+𝐸𝐷
?̇?𝐶𝐻4,𝑖𝑛
        (14) 
 
where ?̇?𝐶𝐴𝑆, ?̇?𝑃𝑆, ?̇?𝑃𝑅  and ?̇?𝐷 are the external heat required to carry out, under isothermal conditions, 
calcination, purge, pressurisation and depressurisation stages, respectively; ?̇?𝑓  is the external heat 
needed to warm feed gas streams up to operating temperature (973 K); ED is the electric power 
demand of the vacuum pump; and ?̇?𝐶𝐻4 ,𝑖𝑛 is the inlet CH4 molar flow rate. All heat demands 
considered in the process are schematically presented Figure 11.  
 
 
Figure 11 - Heat demands in the SE-SMR process. 
 
In particular, to evaluate ?̇?𝐶𝐴𝑆  the following energy balance was written [69]: 
 
𝑄𝐶𝐴𝑆,𝑖𝑛 ∙ [𝐶𝐻2𝑂,𝑖𝑛 ∙ ℎ𝐻2𝑂,𝑖𝑛 + 𝐶𝐶𝑂2 ,𝑖𝑛 ∙ ℎ𝐶𝑂2 ,𝑖𝑛] − 𝑄𝐶𝐴𝑆,𝑜𝑢𝑡 ∙ [𝐶𝐻2𝑂,𝑜𝑢𝑡 ∙ ℎ𝐻2𝑂,𝑜𝑢𝑡 + 𝐶𝐶𝑂2 ,𝑜𝑢𝑡 ∙
ℎ𝐶𝑂2 ,𝑜𝑢𝑡] + 𝑉𝑟 ∙ 𝜌𝑠𝑜𝑟𝑏 ∙ (1 − 𝜀𝑔) ∙ ∆𝐻𝑅𝐶𝐴𝐿𝐶𝑅 ∙ 𝑅𝐶𝐴𝐿𝐶𝑅 = 𝑁𝐶𝐴𝑆 ∙
1
𝜑
∙
1
𝐿
∫ ?̇?𝐶𝐴𝑆𝑑𝐿
𝐿
0
   (15) 
 
where  is an effectiveness factor which takes into account that only half the heat generated by the 
external heating is available, as a consequence of limited heat transfer between external heating and 
reactor wall [70] and NCAS is the number of reactors working in CAS at the considered time. 
 35 
During the purge, pressurisation and depressurisation stages no reactions occur, thus the 
required thermal power is due only to the heat transfer between reactor wall and ambient, and was 
evaluated according to Shafeeyan et al. [54]: 
 
?̇?𝑗 =
1
𝜑
∙ 𝑁𝑗 ∙ 𝑉𝑟 ∙
1
𝐿
∫
4ℎ𝑤
𝜀𝑔𝑑𝑟
(𝑇 − 𝑇𝑤)𝑑𝐿
𝐿
0
       (16) 
 
where j=PS, PR and D, Nj is the number of the reactor working in the stage j at the considered time, 
T is the reactor temperature (973 K) and Tw is the temperature of the reactor wall, which was estimated 
by means of the wall energy balance [54]: 
 
𝜌𝑤𝑐𝑝,𝑤
𝜕𝑇𝑤
𝜕𝑡
= ℎ𝑤 ∙ 𝐴𝑤 ∙ (𝑇 − 𝑇𝑤) + 𝑈 ∙ 𝐴𝑎 ∙ (𝑇𝑎𝑚𝑏 − 𝑇𝑤)     (17) 
 
The external overall heat transfer coefficient reported in Eq. (17), U, was estimated through 
the following correlation [71]: 
 
1
𝑈
=
1
ℎ𝑤
+
𝑑𝑟
𝜆𝑤
𝑙𝑛 (
𝑑𝑟+𝑠𝑠
𝑑𝑟
) +
𝑑𝑟
(𝑑𝑟+𝑠𝑠)∙ℎ𝑒𝑥𝑡
        (18) 
 
ℎ𝑒𝑥𝑡𝐿
𝜆𝑎𝑚𝑏
= 0.68 +
0.67𝑅𝑎1/4
[1+(0.492 𝑃𝑟⁄ )9/12]
4/9        (19) 
 
𝑅𝑎 =
𝑔𝛽𝑏(𝑇𝑤−𝑇𝑎𝑚𝑏)𝐿
3
𝜈𝜈∙𝛼𝑎
          (20) 
 
The values of v and a were evaluated at the film temperature, i.e., (Tw+Tamb)/2. The 
resistance of the reactor wall to the radial heat transfer was taken into account in the overall heat 
transfer coefficient U [54]. Eqs. (17-20) were used to check if the reactor vessel surface, Ar, is large 
enough for the heat flux required by calcination stage to be transferred from the burner. In particular, 
replacing the last term on the right-hand-side of Eq. (17) with the heat supplied during the calcination 
stage and evaluating the external overall heat transfer coefficient, U, by taking into account the 
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temperature of combustion products of the burner as Tamb, a heat exchange surface area, AEH, much 
lower than Ar,  is required (~ 0.2Ar). 
The proposed layout is composed of 4 inlet gas streams: methane fed during CS (stream#1), 
steam supplied during both CS and CAS (stream#2), N2 fed during both PS and PR (stream#3) and 
CO2 fed during CAS (stream#4). While stream#3 and stream#4 (this latter after adjusting the value 
of ) are recirculated and directly fed to the reactors working in PS and/or PR and in CAS, 
respectively, stream#1 and stream#2 need to be heated up from ambient temperature to the operating 
temperature T=973 K. In order to evaluate the thermal power required for this purpose, ?̇?𝑓 , the 
following equation was used: 
 
?̇?𝑓 = [𝑄𝐶𝐻4,𝑖𝑛 ∙ 𝜌𝐶𝐻4 ∙ 𝑐𝑝,𝐶𝐻4 + 𝑄𝐻2𝑂,𝑖𝑛 ∙ 𝜌𝐻2𝑂 ∙ 𝑐𝑝,𝐻2𝑂] ∙ (𝑇 − 𝑇𝑎𝑚𝑏)   (21) 
 
The power demand, Ed, of the vacuum pump was estimated (from the manufacturer’s 
datasheets) as 1.5 kWel, considering the maximum power required by the pump. The parameters used 
in the simulations to calculate required thermal power are reported in Table 7, considering steel as 
wall material, while all gas-phase physical correlations can be found in [68]. Table 8 reports spatial 
and time-averaged value of thermal power required in each stage and time-averaged values of power 
required to warm up feed gas streams. According to the results assessed by Diglio et al. [72] ?̇?𝑓is the 
highest thermal power, while, as expected, CAS is the most energy-demanding SE-SMR stage due to 
the endothermic calcination reaction.   
To prove that the total energy demands can be entirely supplied by the system itself, the results 
of the thermodynamic analysis are shown in Figure 12 as time functions of H2 yield, H2, and 
equivalent H2 yield, H2,equivalent (a) and reformer efficiency (b) at the outlet of the reactor network: 
the average value H2 is about 2.9 molH2molCH4-1, while that of H2,equivalent is about 2.5 molH2molCH4-
1. Thus, it is noteworthy that by using part of the H2 produced by the reforming process (about 
0.4 molH2molCH4-1) to generate heat and power from an external source, it is possible to fully cover 
the energy demands of the SE-SMR system, reaching energy self-sufficiency. As a consequence, the 
proposed layout is characterised by near-zero-CO2 emissions. The average reformer efficiency value 
is about 80%, close to those of similar applications [14]. 
The heat required by the endothermic calcination stage is the main drawback of SE-SMR and 
still limits its adoption. The above results help to overcome this issue by evaluating an operational 
strategy which makes the process self-sufficient on an energy point of view and can be used by system 
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designers in order to promote this technology in industrial processes using H2 as fuel [73], such as 
methanol and ammonia synthesis. Moreover, integration with fuel cell is one of the most suitable 
applications of the proposed system, resulting in an environmentally friendly power generation 
technology, as shown below. 
 
 
Table 7 - Parameters used for energy balance. 
Parameter Value 
Ambient temperature, Tamb 298 K 
Inlet volumetric flow rate of methane, QCH4,in 0.38 m3s-1 
Inlet volumetric flow rate of steam, QH2O,in 0.34 m3s-1 
Reactor wall thickness, ss 0.3 m 
Reactor wall thermal conductivity, w 45 Wm-1K-1 
Reactor wall heat capacity, cp,w 460 Jkg-1K-1 
Reactor wall density, w 7850 kg-1m-3 
 
 
 
Table 8 - Average thermal power. 
Thermal power Value 
Calcination stage, ?̇?𝐶𝐴𝑆 1000 W 
Purge stage, ?̇?𝑃𝑆 200 W 
Pressurisation stage, ?̇?𝑃𝑅  500 W 
Depressurisation stage, ?̇?𝐷 150 W 
Thermal power required to warm up feed gas streams, ?̇?𝑓  1000·10
3 W 
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Figure 12 - H2 yield, as dotted line, and equivalent H2 yield, as solid line (a), and reformer efficiency (b) at the outlet of reactor 
network as function of time. 
 
 
4.6 SOFC performance evaluation 
In the following the performance of the system consisting of the integration of the proposed 
SE-SMR process and a solid oxide fuel cell is assessed. It is worth noting that albeit detailed 
mathematical models of SOFC are available in the literature (e.g., [74]), in order to be correctly used 
they all need an exhaustive description of SOFC operations [74], which is far beyond the scope of 
this paper, which is just a preliminary evaluation of the energetic potential of an integrated SE-SMR-
SOFC system. As a consequence, the performance of SOFCs were assessed through the simple 
approach suggested by [75]. 
SOFCs are classified into two types, namely the internal and external reformer SOFC, 
according to the place where reforming reactions occur. Since in the H2 gas stream of the SE-SMR 
process a small amount of unreacted CH4 is still present, as above-disclosed, in this case the internal 
reformer SOFC represents a suitable choice. 
As shown in Figure 2, the system is heat-led. This means that an external burner fed with both 
a portion of the produced H2 and unreacted H2 from the SOFC is used to meet heat demands of the 
SE-SMR process and of SOFC internal reforming, taking also into account the heat available from 
the SOFC. The remaining H2 is fed to the SOFC for power production which, net of the vacuum pump 
power demands, represents the output of the system. 
The SOFC voltage was evaluated by means of the Nerst equation [75]: 
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𝑉𝑆𝑂𝐹𝐶 = 𝛾𝑖𝑛𝑣 [
−∆𝐺𝑓
0
2𝐹
+
𝑅𝑔𝑇
4𝐹
𝑙𝑛 (
𝑃
𝑃0
)] − 𝑉𝑙𝑜𝑠𝑠        (22) 
 
where Gf0 is the change in molar Gibbs free energy of formation of the overall reaction that happens 
in the considered fuel cell (2𝐻2 + 𝑂2 → 2𝐻2𝑂) at standard pressure (-237.210
3 Jmol-1 ) [75], P is 
the operating pressure of the fuel cell (3.5106 Pa in this case), P0 is the standard pressure, F is the 
Faraday constant, Vloss represents the fuel cell voltage losses and includes the activation-related loss, 
the ohmic loss and the concentration loss [76]. The voltage loss depends on the operating conditions, 
such as temperature, pressure, gas concentrations, current density, etc. Its estimation requires a 
detailed mathematical model of the SOFC, which is beyond the scope of the present work. For the 
sake of simplicity, Vloss was empirically evaluated equal to 0.2 V by means of the data reported by 
Akkaya [77], considering the operating pressure and temperature utilised in the present work. 
Moreover, inv represents the efficiency of the commercial inverter needed to convert direct current 
from the SOFC to alternating current and was set equal to 98% [41]. 
The alternating current power, ESOFC, electrical efficiency, el,SOFC, at the outlet of the SOFC, 
and net power production of the SOFC, Enet, were calculated through the following correlations [78]: 
 
𝐸𝑆𝑂𝐹𝐶 = 𝑉𝑆𝑂𝐹𝐶 ∙ 𝑓𝑢 ∙ (1 − 𝜄) ∙ (?̇?𝐻2,𝑆𝐸−𝑆𝑀𝑅 + 3?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅) ∙ 2𝐹    (23) 
 
𝛾𝑒𝑙,𝑆𝑂𝐹𝐶 =
𝐸𝑆𝑂𝐹𝐶
(1−𝜄)∙(?̇?𝐻2,𝑆𝐸−𝑆𝑀𝑅∙𝐿𝐻𝑉𝐻2+3?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅∙𝐿𝐻𝑉𝐶𝐻4 )
     (24) 
 
𝐸𝑛𝑒𝑡 = 𝐸𝑆𝑂𝐹𝐶 − 𝐸𝐷           (25) 
 
where ?̇?𝐻2,𝑆𝐸−𝑆𝑀𝑅  is the molar flow rate of H2 at the outlet of the SE-SMR fixed-bed reactor network; 
3?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅represents the molar flow rate of H2 produced by internal reforming, considering that 
the SMR reaction occurs; fu is the SOFC fuel utilisation, which accounts for the fuel not utilised by 
the fuel cell (its value was assumed equal to 0.95 [75]),  is the H2 partition ratio between the external 
burner and the fuel cell. It is important to highlight here that, for the sake of simplicity, it was assumed 
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that all methane in the feed gas stream is converted in the internal reforming process, thus fu is referred 
only to the hydrogen as fuel.  
To evaluate the value of  the following energy balance was written: 
 
?̇?𝑆𝐸−𝑆𝑀𝑅 + ?̇?𝑟𝑒𝑓 − ?̇?𝑆𝑂𝐹𝐶 − ?̇?𝑏𝑢𝑟𝑛𝑒𝑟 = 0       (26) 
 
where ?̇?𝑆𝐸−𝑆𝑀𝑅  is the heat demand of the SE-SMR process and its value is about 1.08 MWth; this 
latter was evaluated by means of: 
 
?̇?𝑆𝐸−𝑆𝑀𝑅 = ∫ (?̇?𝐶𝐴𝑆 + 2?̇?𝑃𝑆 + ?̇?𝑃𝑅 + ?̇?𝐷 + ?̇?𝑓)𝑑𝑡
𝜏𝑆𝐸−𝑆𝑀𝑅
0
     (27) 
 
?̇?𝑆𝑂𝐹𝐶  is the heat generated by SOFC and was assessed as follows: 
 
?̇?𝑆𝑂𝐹𝐶 = [
(1−𝛾𝑒𝑙,𝑆𝑂𝐹𝐶)
𝛾𝑒𝑙,𝑆𝑂𝐹𝐶
∙
𝐸𝑆𝑂𝐹𝐶
𝛾𝑖𝑛𝑣
]         (28) 
 
The thermal power produced by the burner, ?̇?𝑏𝑢𝑟𝑛𝑒𝑟, is: 
 
?̇?𝑏𝑢𝑟𝑛𝑒𝑟 = (1 − 𝑓𝑢) ∙ (1 − 𝜄) ∙ (?̇?𝐻2,𝑆𝐸−𝑆𝑀𝑅 + 3?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅)𝐿𝐻𝑉𝐻2 + 𝜄 ∙ (𝐿𝐻𝑉𝐻2 ∙
?̇?𝐻2,𝑆𝐸−𝑆𝑀𝑅 + 𝐿𝐻𝑉𝐶𝐻4 ∙ ?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅)        (29) 
 
where the first term on the right-hand side of Eq. (29) represents the heat generated by burning 
unreacted H2 from the fuel cell, while the second term is the heat obtained by the combustion of the 
gas stream from the SE-SMR process. 
The heat demand for SOFC internal reforming, ?̇?𝑟𝑒𝑓, was evaluated according to: 
 
?̇?𝑟𝑒𝑓 = (1 − 𝜄) ∙ 3?̇?𝐶𝐻4,𝑆𝐸−𝑆𝑀𝑅 ∙ ∆𝐻𝑅𝑆𝑀𝑅        (31) 
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From the above analysis, a partition ratio, , of 0.45, an Enet of about 950 kWel and a el,SOFC of 
about 70% were estimated. Notably, the value of the SOFC electrical efficiency is very close to those 
reported in the literature for SOFCs working at operating pressures similar to PCS that was used in 
this analysis [41]. The net efficiency of the entire system (i.e., the ratio between the net power 
production of the SOFC and the chemical energy of the methane at the inlet of the SE-SMR section) 
is about 51%. This represents an outstanding result for two main reasons. On the one hand, the net 
efficiency of the entire system is only slightly less than that of other similar applications, in which 
the power production is increased by the integration of the SOFC with a gas turbine [79]. On the other 
hand, it is remarkable that this high efficiency also encompasses CO2 capture. 
It is important to stress here that H2O at the outlet of the SOFC could be used in the SE-SMR 
process, decreasing not only the steam consumption, but also the ?̇?𝑓 . 
Since the burner outlet gas mixture of H2O and CO2 is sent to a condenser (see Figure 2), the 
only source of CO2 emissions in the proposed system is the small amount of CO2 that could be present 
in the outlet gas stream during the purge stages and at the outlet of the SOFC if also SMR happens 
simultaneously with OSMR. 
Thus, it can be inferred that the net power production of the suggested layout (~950 kWel) 
could be used to meet the energy demand of commercial buildings, district heating of residential 
houses or industrial processes, with near-zero-CO2 emissions. 
 
5. Conclusion  
In this paper a SE-SMR process carried out in a network of fixed bed reactors was numerically 
investigated by means of a one-dimensional mathematical model validated with literature data. The 
proposed process was operated under isothermal conditions (973 K) and the equilibrium between the 
carbonation and calcination stages was shifted via a pressure swing cycle: the reforming and CO2 
adsorption stage was accomplished at high pressure (3.5106 Pa), in order to reduce reactor size and 
the cost of H2 production, while the sorbent regeneration was operated under vacuum (1013 Pa), with 
two beneficial effects, i.e., lower operating temperature and consequent mitigation of sorbent 
reactivity decay. The numerical simulations revealed that the choice of the time period for each stage 
should be carefully done. In particular, the time period of the carbonation stage was taken equal to 
1000 s, in order to have both high-purity H2 production and high sorbent conversion, while the 
duration of the calcination stage was set equal to 5000 s, in order to fully regenerate the sorbent. This 
resulted in a time period for the whole cycle of 8000 s involving a carbonation-purge-
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depressurisation-calcination-purge-pressurisation sequence which repeated in a cyclical manner. 
Under the above conditions, it was assessed that at least 8 reactors in parallel are required to 
continuously produce a stream with an average H2 purity of 92%. To carry out the proposed process 
a number of energy demands have to be met, namely: heat required by the endothermic calcination 
reaction; thermal energy necessary to heat up feed gas streams and to operate pressurisation, 
depressurisation and purge stages under isothermal conditions; and power required by the vacuum 
pump. By means of an energetic analysis it was demonstrated that it is possible to use part of the 
produced H2 to supply all heat and power demands, making the process energy self-sufficient: in this 
case H2 yield decreases from 2.9 molH2molCH4-1 to 2.5 molH2molCH4-1. It is important to underline 
that these results are strictly related to the system under investigation, for which the assumption of 
isothermal conditions was carefully checked. Clearly, if different oxygen carrier, reactor sizes or 
operating conditions are taken into account, the heat management strategy should be carefully 
checked by assessing the dynamic behaviour of the system. 
Assessment of the integration between the proposed SE-SMR and an internal reforming SOFC 
was carried out. Part of the produced H2 was directly fed to an external burner, together with unreacted 
H2 from the SOFC, in order to fully cover heat demand of both the SE-SMR process and SOFC 
internal reforming. Also, the heat available from the SOFC was used to decrease the heat required by 
the entire system. The remaining portion of produced H2 was sent to the SOFC, reaching a power 
production of ~950 kWel, net of power demand of the vacuum pump, and a SOFC electrical efficiency 
of ~70%. The net efficiency of the entire system was about 51%. Thus, the analysed layout could be 
used as a near-zero-CO2 emissions stationary power generation system for commercial/industrial 
buildings or district heating of residential houses. 
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